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The development of a methodology that addresses the simultaneous design, scheduling, and control of multiproduct
processes is focused. The proposed methodology takes into account the influence of disturbances by the identification of
their critical frequency, which is used to quantify the worst-case variability in the controlled variables via frequency
response analysis. The uncertainty in the demands of products has also been addressed by creating critical demand sce-
narios with different probabilities of occurrence, while the nominal stability of the system has been ensured. Two case
studies have been developed as applications of the methodology. The first case study focuses on the comparison of clas-
sical semisequential approach against the simultaneous methodology developed, while the second case study demon-
strates the capability of the methodology in application to a large-scale nonlinear system. © 2015 American Institute of

Chemical Engineers AIChE J, 61: 24562470, 2015
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Introduction

Multiproduct processes represent an important section of
chemical process industry, which focus on production of sev-
eral types/grades of products. Studies addressing the optimal
design of multipurpose/multiproduct processes have been
presented in the literature."™ Another key aspect in multi-
product plants is process controllability, which is concerned
with the optimal control.”™® Moreover, optimal process
scheduling is a key subject of relevance for various sectors
in the chemical process industry including multiproduct
plants. In these processes, various grades of the product are
produced and scheduling of the production of the different
products affect the process economics and therefore it must
be addressed in optimal fashion. Scheduling for multipur-
pose/multiproduct plants has been reported in the literature,
which includes optimal scheduling of various multiproduct
processes.””"” The purpose of this study is to address all the
aspects described above simultaneously for multiproduct
plants, that is, design, control, and scheduling. There are two
main approaches through which the optimization of chemical
processes can be addressed taking into account the three
aspects described above. The first approach is to address
each aspect one by one, that is, sequentially. In the sequen-
tial approach, optimal parameters are calculated for different
aspects independent from each other, that is, in sequence,
and therefore, there is no integration of the aspects. The sol-
utions obtained through this approach are suboptimal
because of the lack of simultaneous consideration of all
aspects involved. In the second approach, all the aspects are
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addressed simultaneously by the integration of all three
aspects to achieve the optimal scheduling, design, and con-
trol; therefore, this approach is expected to provide more
economically attractive results as compared to the first
approach.

The integration of design and control has been addressed
in many publications including the optimal design and con-
trol of various large-scale processes including bioethanol,'®
extractive ditillation,19 Tennessee Eastman process,20 sugar
cane sulfitation tower,21 ternary distillation,22 multigrade
polymerization,23 and styrene polymerization.z“’25 Similarly,
several methodologies with different features and limitations
for integration of design and control have been proposed in
the literature.”*! Some of the studies discuss the simultane-
ous design and control using advanced model-based control
techniques such as model predictive control.**7 Integration
of design and control approaches that has taken model
parameter uncertainty into account has also been
reported.”** Review papers that summarize the different
ways and the development in the area of integrated design
and control are also available.**™*® Besides the integration of
design and control, several studies are also available for the
integration of design and scheduling for chemical systems.
These works include the publications on plants,**~® simulta-
neous design and scheduling in multipurpose plants,’'~* and
in multiproduct plants.”> The effect of uncertainty has been
addressed during the integration of design and schedul-
ing.so’57 Moreover, studies addressing the simultaneous
scheduling and control have been reported. This includes the
integration of scheduling and control for batch plants,>®>°
polymerization processes,’®' and continuous stirred tank
reactor systems (CSTRs).%%% There are also studies avail-
able that address the integration of scheduling and control in
mixed-continuous batch processes,64 tubular reactors,65 and
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Figure 1. Various product grades in a multiproduct process.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

multiproduct continuous parallel lines.*® Engell and Harjun-
koski®” have summarized the possible ways of integration of
scheduling and control whereas Harjunkoski et al.®® have
discussed the practical use of the integration of these two
aspects.

Apart from the integration of few of the three aspects for
chemical processes, to the authors’ knowledge, there is only
one study on integration of all three aspects that addresses
the design, scheduling, and optimal control of a methyl-
methacrylate polymerization reactor.”” In that study, the
decisions were made on design including steady-state operat-
ing conditions and equipment sizing, on scheduling including
production sequence and on optimal control. The smooth
transitions between grades were part of control decision and
were achieved by incorporating process dynamics during
transitions. One of the limitations of that study is that the
control decisions did not involve the evaluation of controller
tuning parameters as no closed-loop control scheme was
implemented, that is, the control actions were directly
obtained from optimization. In addition, the effect of process
disturbances was not considered in that study.

The goal of this study is to present a methodology that
takes into account scheduling and control decisions for the
optimal process design of multiproduct processes. The key
novelty of the work presented here is in the simultaneous
consideration of the design, scheduling, and control aspects
of the chemical process under the influence of process distur-
bances and uncertainty in the parameters. The decisions
involved in this analysis encompass design parameters, for
example, optimal and equipment sizes, control parameters,
for example, optimal controller tuning parameters, and
scheduling decisions, which include the identification of
optimal transition trajectories and the optimal sequence of
production for multiproduct processes. Another contribution
of the work is the use of ramp functions for the transitions
between various grades, where slopes of the ramp functions
are a part of the decision variables. The implementation of
ramp functions allows the transitions to be smooth, while the
slopes of the ramp functions are optimization variables that
can potentially minimize the cost associated with the transi-
tion between different product grades. An MINLP optimiza-
tion formulation has been developed which focuses on
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minimization of overall plant cost in the presence of process
constraints while ensuring nominal stability of the system
under critical realizations in the disturbances and model
parameter uncertainty. To the authors’ knowledge, the inte-
gration of all these aspects under the conditions mentioned
above has not been explicitly addressed in the available liter-
ature. Two case studies have been developed to test the pro-
posed methodology. The first case study concentrates on the
application of the methodology to a multiproduct CSTR. A
comparison has been made to demonstrate the benefits of the
proposed simultaneous approach over a semisequential
approach, where design and control parameters are evaluated
first simultaneously and then the scheduling parameters are
generated. The second case study focuses on a large highly
nonlinear multiproduct process, that is, high impact polysty-
rene (HIPS), where multiple grades of the product are pro-
duced based on the conversion required under -critical
realizations in the disturbances and uncertainty in the prod-
uct demands.

The organization of this article is as follows: the next sec-
tion presents the problem statement followed by the presen-
tation of the mathematical formulation proposed for the
integration of design, scheduling, and control of multiproduct
processes. The results and discussion section presents the
results on the two case studies used in this work to demon-
strate the implementation of the proposed methodology, that
is, a CSTR system and a HIPS process. Concluding remarks
are presented at the end of this article.

Problem Statement

Consider a multiproduct plant which produces various
grades of the product. Each grade has a particular specifica-
tion and a demand to meet. As shown in Figure 1, the opera-
tion consists of production and transition periods for each
grade i. During the transition period of a grade i, the
required specification of the grade is reached and then the
production stage of the grade starts. The production stage is
continued until the required demand is met at the required
grade specification. Once the required production of the
grade i is achieved, transition to grade i+1 begins and even-
tually the production is achieved for that grade. The
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procedure is repeated until all the required product grades
(7) are produced to meet the product demands. The present
study assumes that, once the production wheel is completed,
it is immediately and indefinitely repeated. Also, each grade
is produced only once in the complete production cycle. As
shown in Figure 1, t; and ¢, represent the transition and pro-
duction times of grade i, while f, is the time required to
complete productions and transitions for all product grades.

All the transitions are assumed to occur following a ramp
function to achieve the set point related to specification of
the grades. The slope of the ramp (o;) denotes the transition
rate for the i™ grade and is part of the optimization variables
considered in the presented analysis. Once the transition of
grade is completed and the required composition is achieved,
the production period starts; the product is assumed to be
stored in a product (storage) tank.

The product tank starts filling only after the required spec-
ification is achieved, that is, only within the production
period, and stops when both the required composition
(grade) and demand are achieved. The complete operation is
assumed to occur under the influence of critical realizations
in the process disturbances, which are assumed to follow an
oscillatory behavior, and uncertainty in the system’s parame-
ters, for example, production demands.

In the problem under consideration the given are: (a) the
actual dynamic nonlinear process model describing the
behaviour of a multiproduct process, (b) the process model
parameters (e.g., molar flow rate of the feed), (c) the control
scheme, (d) the required specifications and demands of the
grades to be produced, (e) the disturbance specification,
assumed to be sinusoid signal with given amplitude and criti-
cal frequency, (f) uncertainty specification in terms of criti-
cal scenarios and their probabilities for uncertain parameter,
and (g) process constraints to be satisfied during operation.
The problem to be formulated aims to determine: (a) the
optimal equipment design and steady-state operating condi-
tions for each grade, (b) the optimal tuning parameters for
the control scheme, (c) optimal transition slopes for each
grade, and (d) optimal sequence of production.

Methodology for Integration of Scheduling,
Design, and Control

This section presents the details of the methodology devel-
oped for integration of design, scheduling, and control. The
description of the features considered in the methodology is
presented next along with the mathematical description of
the optimization formulation. The notations used to define
the present methodology are listed in the notation section of
this article.

Parameter uncertainty

The methodology presented in this work explicitly
accounts for uncertainty in the process parameters, for exam-
ple, uncertainty in the demand of products. To account for
this condition, the critical uncertain scenarios in the parame-
ters are assumed to be discretized and need to be specified a
priori, that is

w=[wl w? . W W] €]

where “ns” denotes the number of critical scenarios to be
considered in the analysis; each uncertain scenario w” has
been assigned with a probability of occurrence P~.
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Process disturbances

In the presented study, each k™ process disturbance is
specified as follows

0 () =ny,,, 1, sin (0, 1) (@)

where 1, is the nominal operating value of the process dis-
turbance and #, is the amplitude of the k" process disturb-
ance, which is chosen depending upon the process dynamics,
whereas w,,, represents the critical frequency evaluated for
each grade i that generates maximum variability in the con-
trolled variables due to critical realizations in the x™ disturb-
ance. The critical parameter w,,, is not known a priori and
will be calculated internally by the present methodology.
This is a new feature introduced by the present approach.
The response in the /™ controlled variable as a result of a
sinusoidal process disturbance input is as follows

¥, (7) =y, 7Y, sin (e 1+ D) 3)
where y, is the nominal operating value of the process dis-
turbance, y, is the amplitude of the controlled variable and
® is the phase angle by which the /™ controlled output is
delayed. The largest (worst-case) variability in the controlled
variable due to k™ disturbance is determined by the fre-
quency of the sine function, that is, w,,,. In this work, this
critical frequency w,,, is identified from the linearization of
the actual nonlinear closed-loop process model (fioseq)
around the steady-state operating conditions specified for the
production of grade i. The identification of the critical fre-
quency from the actual closed-loop nonlinear process model
(f10sea) Tequires the solution of an intensive optimization for-
mulation, which needs to appear as a constraint in the over-
all integration of scheduling, design, and control
formulation. Therefore, this formulation can become prohibi-
tive for large-scale applications. Thus, the approximation in
terms of linearized process model along with frequency
response analysis has been used in this work for the identifi-
cation of the critical frequency (w,,,).

Based on the above, the critical frequency @, is obtained
from the linearized closed-loop process model via frequency
response analysis as follows.

The closed-loop process model (feoseq) 1S linearized
around a steady-state operating condition for each product
grade i specified as part of decision variables (d) as follows

XlinzA1X+BI-(p
Q;,=Cix+D;p, Vi=1...1

“

where xji, is the vector of states of the linearized closed-loop
process model, ¢ is an input vector which includes the dis-
turbances affecting the process, while €, represents the out-
put vector that includes controlled variables calculated from
the linearized closed-loop process model. The matrices A;,
B;, C;, D; are the state matrices of the linearized closed-loop
process model. The closed-loop state-space model is identi-
fied at each single function evaluation of the optimization
formulation for each grade i using the values specified for
the optimization variables at each optimization step. The
nonlinear closed loop process model can be linearized ana-
Iytically, for example, using Taylor’s series expansion, or
from systems identification methods using the traditional
least-squares technique.
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Figure 2. Bode plot, frequency response analysis.

The linearized closed-loop model (4) can further be repre-
sented in the frequency domain for each pair of k"™ process
disturbance and /" controlled variable as follows

LN . -1
Gi‘Yl_'IA (jw) 7Ci'YI_'IL (/wIYJ_ﬂL _ALy,—m) Bi-YJ_'IL +D; Ly, —
(5)

where ; is the imaginary number (j=+/—1), while w denotes
the frequency domain. Gy, (jwo) represents the transfer
function between the k™ process disturbance and the /™ con-
trolled variable. The matrices shown in (5) represent the
dynamics between the k™ process disturbance and the /™ con-
trolled variable and are subsets of the matrices shown in (4),
that is, Aiw)’/*ﬂk €A, B[TYI7”A € B;, Civ)’ﬁ’h e C;, Di:)’ﬁ'lk eD;
Giy,—y, (jo) can be further decomposed as follows

Gia)’lf’lk (]CO) :RY/f'Ik (w) +I;:7;1k (w)]

where Ry, (®) and I, (w) are the real and imaginary
parts of the transfer function and are functions of the fre-
quency o. The amplitude ratio representing the variability in
y; due to changes in #; can be expressed as follows

2
ARY/—'Ik = \/RYF’M (UJ) I;'n 1y ( )

From frequency response analysis, the maximum ampli-
tude ratio, which corresponds to the maximum variability
expected in y, due to 1, is achieved at the critical frequency
@¢,,. Following Eq. 7, the maximum amplitude ratio can be
expressed as follows

(6)

@)

max
ARY ik

=Ry (00, P, (0, ®)

The maximum amplitude ratio is pictorially represented in
Figure 2 via Bode plot. As the amplitude ratio corresponding
to the critical frequency is maximum, the disturbance gener-
ates the worst case variability in the controlled variable at
this frequency. Note that for the cases where there is no
clear maximum frequency (e.g., first-order system), that is, a
range of frequencies correspond to maximum amplitude ratio
in a bode plot, a numerical approximation must be made by
selecting as critical frequency the highest or smallest fre-
quency value that generates the maximum variability in the
controlled variable.
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Following Eq. 2, the critical frequency for each
process disturbance k is specified for each grade i and for
each critical scenario z as shown in (1) from the following
equation

(D)=, T, sin (7, 1) ©

That is, the process disturbances are specified for each
grade i using the critical frequency (w,,,) that generates the
maximum variability in the controlled variables at each criti-
cal realization z in the uncertain parameters w.

For the cases where multiple disturbances are simultane-
ously acting on the controlled variables, the critical fre-
quency at which the disturbances generate the maximum
variability in a controlled variable is the frequency that pro-
duces the maximum total amplitude ratio. The total ampli-
tude ratio is the sum of individual amplitude ratios for the
disturbances.

Therefore, Eq. 8 can be modified for multiple disturbances
as follows

AR, Z\/Ry (@) (o) (10)

where K represents number of process disturbances acting
simultaneously on ™ controlled variable, while w,; repre-
sents the common critical frequency for the simultaneously
acting disturbances that produces the maximum amplitude
ratio in the /™ controlled variable.

Using these disturbances’ critical frequency specifica-
tions, the worst-case variability is computed in the con-
trolled variables through simulation of the closed loop
nonlinear process model f oseq Of the system for transition
and production for all the grades. As mentioned above, the
approach relies on the linear approximation of the nonlin-
ear closed loop process model to identify the critical fre-
quency for the process disturbances. Thus, the maximum
(worst-case) variability in the controlled variables is the
result of the linear approximation, which limits the
approach from considering the true maximum variability of
the nonlinear behavior. This particular aspect of the meth-
odology will be examined using one of the case studies
presented in this work.
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Nominal closed-loop stability

Once a linear closed-loop model representation of the
actual nonlinear closed-loop system is available, it can be
used to evaluate the system’s nominal stability under distur-
bances and uncertainty in the model parameters. The stabil-
ity check can be conceptually formulated for each grade i
and each critical scenario z of the uncertain parameter as
follows

eig(A} (xin)|q) <0, Vi=1...1 (11)

where “eig” denotes the eigenvalues of linearized state mat-
rices A7 at the operating point specified for grade i. Note
that the A’ state space matrices include all the inputs and
outputs considered in the linear state-space representation
shown in (4) and they must be identified at each optimiza-
tion step, that is, around the set of values specified for the
methodology’s optimization variables d. Constraint (11) will,
therefore, be added to the methodology’s optimization for-
mulation to enforce nominal stability for the different operat-
ing points that need to be achieved by the system to produce
the required grades.

Cost function

The cost function ¢ considered in the presented method-
ology includes the capital cost, operating cost, variability
cost, and transition cost. The annualized capital costs (CC)
refers to the fixed costs/capital investments associated with
the process equipment and units in the process and is given
by the following equation

1
CC=f(Ve,We, Ze)+ Y _f(Vi, Wp, Zp) (12)

i=1

where Vp is the size of the process equipment and Wy is the
annual capital recovery factor per unit size of equipment; V;
represents the size of the storage tank used to store product
grade i whereas Wp is the annual capital recovery factor per
unit size of that product storage tank. Zz and Zp denote the
per unit capital costs associated with the equipment and
product tanks. The volume of the product tank is considered
to be a measure of the variability in the product grade speci-
fication, that is, with higher product variability due to distur-
bances and model parameter uncertainty, more off-
specification product is produced which leads to larger vol-
umes of the product tanks thus affecting the plant’s
economy.

The operating cost OC represents the expenditure associ-
ated with production in terms of consumption of utilities;
this cost can be calculated from the per unit rates for util-
ities. The variability cost VC aims to measure the effect of
time-varying disturbances and model parameter uncertainty
during the production stage, that is, product variability. As
shown in Figure 3a, the minimum and maximum values
around the set point for specification of a grade i can be
used to calculate the variability cost as follows

1
VC=> "1, ((MaxCi(t)— CF) +(CFF = MinC;(1)))Pv.i/ tora
i=1

13)

where t,, is the production time required for grade i, fio is
the total time of production cycle, C?F denotes the specifica-
tion for product grade i, while MaxC ;(¢) and MinC;(¢) are
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the maximum and minimum values associated with the spec-
ification at any time ¢ within the production time interval for
the grade i, that is, 7, Both MaxC ;(f) and MinC;(r) are
obtained from simulations of the nonlinear closed loop pro-
cess model fgjoeq for the production stages of grade i. The
term Py ; is a user-defined penalty cost associated with prod-
uct variability of grade i per unit time. Furthermore, the tran-
sition cost TC represents the cost associated with the waste
production during the transition from one grade to another,
which is off-specification.

The deviations (&(7)) between the set-point associated with
the grade specification (CF) and the actual grade at time ¢
(C,(t)) are shown in Figure 3b, which are used to calculate
the transition cost. The deviations &(¢) are evaluated at dis-
crete time intervals over transition period #;. The time is dis-
cretized in N intervals and sum of squared errors is
evaluated as follows

N
SSE;=)_&(nAt)?, Vi=0,At,2At,3At...nAL..NAt  (14)
n=0

where At is the sampling time at which deviations are eval-
uated, while NAt represents the total integration time, that is,
transition period #;. Accordingly, the transition cost can be
estimated as follows

1
TC=> Prt;SSEi/tiou (15)

=1

where #; is the transition time for the grade i and Pr; is the
user-defined penalty during the transition stage from grade
i — 1 to grade i, which is the cost associated with the produc-
tion of the off-specification product of grade i per unit time.

Optimization formulation

Following the developments in the previous subsections,
an MINLP optimization formulation to address the simulta-
neous design, scheduling, and control can be formulated for
multiproduct process that produces / number of grades of
product under the influence of process disturbances (1) and
model parameter uncertainty (w)

in =% P (CC+OC+VC+TC
Jmin & > P )

=1
S.t.
£(x(1), x*(1), W (), 7 (1), y° (1), 0° (1), &, w*(£)) =0, z=1 ..ns
g(x*(¢),X7(¢), ¢ (1), € (1), u*(¢), y* (1), w*(r), A)=0, z=1..ns
h (x*(2),w (), 5 (1), y°(¢), 0° (1), k, A, S, w*(¢))=0, z=1..ns
Xji, =Ajx+Bio
QL =Cix+Dig, i=1..1,z=1..ns
eig(Ai (Xin)g) <0, Vi=1...n, z=1..ns
ni()=ni,, i, sin (e 1), i=1..n,z=1.ns,Vk
d<d<a
(16)

where the decision variables (d) consist of process design
variables k, tuning parameters for the control scheme consid-
ered A and the scheduling parameters S. The design varia-
bles (k) consist of fixed/equipment design parameters and
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nominal operating conditions for each grade i, that is, (uj
and y;), while the scheduling parameters (S) involve the
optimal sequence of production s, which is a set of integer
variables, that is, s € Z'*!, and the set of transition slopes for
each grade i, o € R™!. The slope for the transition for a
grade i is defined as follows

SP _ ~SP
:Ci Gy

” A7)

o

where ¢ is the transition time for grade i whereas C¥ and
CSP, represent the product grade specifications for grades i
and i — 1, respectively (see Figure 1). The remaining varia-
bles used in (16) are listed under in the notation section.
The optimization formulation shown in (16) involves the
use of linearized closed-loop model, frequency response
analysis, nominal stability check via eigenvalues, and
dynamic simulations of the actual process model in closed-
loop under critical realizations in the disturbances and for
each uncertain (discrete) scenario considered in the analy-
sis. Given, an initial set of values in the decision variables
dyg, an nonlinear process model (f), closed-loop control
scheme (g), nominal values (#,,,,) and amplitudes (n,,) for
disturbances, product grade specifications (C5F) and
demands (VP‘) and critical scenarios for uncertain parame-
ters (w), the following steps are followed at each optimiza-
tion step to evaluate the cost function and constraints
included in problem (16):

1. For each grade i, the linearized closed loop model of
the system is identified for each critical realization in uncer-
tain parameters by linearization of nonlinear closed-loop
model foseq at the nominal operating steady-state conditions
specified by decision variables d. The linearized closed-loop
model will be used to identify the critical frequencies in the
process disturbances that are expected to generate the largest
variability in the production stage of grade i, that is, w,,,.
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2. For each grade i, the critical frequency (w,,,) is identi-
fied from the linearized model for each critical realization in
uncertain parameters via frequency response analysis as
described by Eqgs. 2-9. The disturbances are specified using
the critical frequency and model parameter uncertainty sce-
narios as shown in (9).

3. For each grade i and each critical realization in the
uncertain parameter w”, a stability check is performed for
the nominal stability of the system via evaluation of the
eigenvalues as shown in (11).

4. For each critical scenario in the uncertainty in the
parameters, the transition and production for all the grades is
achieved through simulation of the closed loop nonlinear
process model f.joseq Of the system. This is achieved under
the influence of critical realizations in the disturbances using
(w¢,,) and that were identified from step 2 for each grade i.

5. The simulation results from the previous step are then
used to evaluate the process constraints and each of the cost
function terms described above. If an optimization criterion
is met, the optimization algorithm stops, else it leaves the
workflow and the steps are repeated with new set of decision
variables, that is, go back to step 1.

Remarks

The methodology presented in this work integrates the
design, scheduling, and control aspects of the multiproduct
plants under the influence of process disturbances and uncer-
tainty in the parameters. These aspects are novel features
introduced by the present study as they have never been con-
sidered before for the optimal design of multiproduct plants.
The process disturbances () are specified as sinusoidal func-
tions at critical frequency obtained from the linearized
closed-loop process model. This variability may not be the
true worst-case as the responses for controlled variables are
linearized. While the actual critical frequency that generates
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the worst-case variability in the controlled variables can be
obtained from a formal dynamic feasibility analysis
test,”**** this test needs to be performed for each grade i
and at each optimization step thus increasing the computa-
tional costs and may even becoming prohibitive if the prob-
lem under analysis is relatively large. The approach
proposed here is expected to provide reasonable accurate
results as the critical frequency is identified under feedback
control. As such, it is expected that the control actions will
aim to maintain the system around a nominal operating point
(i.e., the product grade’s set-point) thus making the linear
closed-loop approximation valid. Tests need to be performed
to evaluate this approximation. Furthermore, the approach of
computing critical frequency corresponding to worst case
variability can be assumed when there is no prior informa-
tion available for the anticipated range of frequencies of the
disturbances. However, there are cases where the optimal
process design needs to be specified at a particular frequency
range for the disturbances, which is known to be harmful for
the process or that is continuously affecting the process dur-
ing its normal operation. For the cases where this informa-
tion is available a priori, the anticipated range of
frequencies for the disturbances can be used instead of the
critical frequency in order to attenuate most of the typical
(or harmful) anticipated disturbances at a given (prespeci-
fied) frequency range. This may provide more realistic (less
conservative) process designs. Accordingly, Eq. 8 can be
modified to represent this range of frequencies that corre-
spond to anticipated disturbances as follows

2 2
AR, =Ry (00 P+ (00,)%, 01 < 0, < 0,
(18)

That is, the search for the maximum amplitude ratio that
produces the largest variability in the /™ controlled variable
is limited to a particular frequency range for the disturbances
at which the optimal design, scheduling, and control will be
performed. The limits @; and w, represent the lower and
upper bounds on the frequencies which represent the antici-
pated range of frequencies for the process disturbances that
have been prespecified a priori by the user.

Moreover, the process flow sheet of the multiproduct pro-
cess has been assumed to remain the same throughout the
calculations in the presented methodology. The control
scheme has also been assumed to be fixed. This leads the
methodology to be able to compute the process scheduling,
design, and control parameters only for the fixed flow sheet
and control structures. To make the methodology robust to
the changes in the flow sheet and control schemes, advanced
approaches need to be considered which result in higher
computational costs. The application of such highly demand-
ing approaches to the methodology of integration of schedul-
ing, design, and control is considered part of the future work
in this study. In terms of product grades, the production of
all the grades has been assumed to be consumed/sold before
the production begins, that is, availability of storage tanks
has been assumed to be constant. All grades are produced
only once in the complete operation cycle.

Results and Discussions

This section describes the two case studies developed for
the application of the methodology described in this study.
The two applications demonstrate the effect of simultaneous
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Figure 4. Nonisothermal CSTR system.

consideration of the three aspects on the overall cost of oper-
ation, that is, design, control, and scheduling. The results
presented for these case studies were obtained using MAT-
LAB software on system with a Win Server 2012, Intel®
Core i7-3770 CPU 340GHz, 8 GB RAM.

Case study 1: Nonisothermal CSTR

The methodology discussed in the previous section has
been applied to a nonisothermal CSTR system with an irre-
versible reaction which is assumed to produce three grades
of the product. Figure 4 shows the CSTR system pictorially
with a reactor, control system, and product tanks for the
three grades to be produced which are to be filled one by
one. However, the sequence of filling the tanks, that is, the
production of grades, is part of the decision variables. The
case study has been developed to simultaneously determine
the optimal design, control, and scheduling parameters for
the CSTR system under consideration, compare the results
against the semisequential approach, that is, optimal design
and control followed by optimal scheduling, and evaluate the
methodology’s capability to handle uncertainty in grade
demands.

Mathematical Model. An irreversible exothermic reaction
A — B occurs in the CSTR for the production of product B
from reactant A. The reaction has been assumed to follow
first-order dynamics and the reaction rate is given by the
Arrhenius law as follows

E
ra=koCa exp (— ﬁ) (19)

where Cp (mol/L) is the concentration of reactant A inside
the reactor at any time ¢, ko is the pre-exponential factor (7.2
e —10), E is the activation energy (8.3145 J/mol), and R is
the gas constant (8.3144 J/mol K). The CSTR system is
equipped with a cooling jacket in order to maintain the tem-
perature inside the reactor (7). The concentration of reactant
A in the inlet stream (Car) has been assumed to remain
constant during the operation (Car=2mol/L). The mecha-
nistic dynamic model that describes the nonisothermal CSTR
system is given as follows

dv

@ g 20
T (20)
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dT qF(Tp—T) (Hokoexp (;—f)(CA F_CB) "
- = + i — —
dt Vv oC, Qc(Cp=Ca)
2D
dCg E Crq
7 —koexp < RT) (CA F— CB) V (22)
g=10u, V'V (23)
Qc=48.1909 u, (24)

where the volume of the reactor (V), the temperature inside
the reactor (7'), and the product concentration (Cg) are the
states and outputs of the system. As shown in (23) and (24),
the outlet flow rate of the reactor ¢ is used to control the
volume (V) or level in the reactor, while the heat flow to the
system (Qc¢) has been used as a handle to control the amount
of heat transferred to the CSTR system, respectively. There
are two manipulated variables available in the system, that
is, uy and u (u=[uy, u]). The two manipulated variables are
used to control the volume of the reactor (V) and the prod-
uct concentration (Cg), respectively. The density of the fluid
is p (1e3 g/L), C, is the fluid’s heat capacity (0.239 J/g K),
while H is the heat of reaction (4.78e4 J/mol).

Two proportional and integral (PI) controllers have been
used to regulate this process. K¢, and K¢, represent the two
controller gains whereas t; and 1, are the time integral time
constants for the two controllers, that is, tuning parameters
(A=[K¢,,Kc,, 11, 12]). The errors e; and e, for the two con-
trollers at any time ¢ represent the difference between the
set-points (V*and Cy) and the controlled variables’ values at
time ¢, that is, V(#) and Cg(#). The aim of the irreversible
reaction is to produce required grades of product B. Each
grade is characterized with specification in terms of product
concentration (Cg ) and a demand in terms of product vol-
ume (V,,). As shown in Figure 4, the system consists of a
reaction vessel and a dedicated product tank for each grade
of product. The dynamics of the product tank for grade i of
product B can be represented by the following equation

dVp.
= 25
] (25)

The product tank for a particular grade starts filling as
soon as required product specification of a grade is achieved,
that is, production period for grade i starts. The time at
which the condition is satisfied gives the transition time
required for the grade i, that is, #;. The product tank contin-
ues filling until the required product demand is achieved and
specification has been maintained. The product tank is then
instantaneously changed to the product tank for the next
required grade of the product. The time at which this hap-
pens is the production time of the grade i.

The following operational constraint has been applied to
impose limits on the temperature of the CSTR

430 < T(r) <500 (26)
Process  Disturbances. Following the  disturbance

description shown in (2), the process disturbances Tr and gr
are defined as follows

Tr(1)=450+10sin (o, 1)

27
gr(1)=200+10sin (wL.qF_[ 1) @7

For each grade i, the critical frequencies (w(T LW )
used to generate the disturbances are obtained from the fre-
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quency response analysis of linearized closed-loop process
model at operating conditions for each grade i specified by
the decision variables d.

Cost Function. The annualized capital cost of the CSTR
system associated with the volume of the reactor and the
volume of the product grade tanks can be formulated as
follows

1
CC=1000(0.1)V+ " 1000(0.1)V, (28)

i=1

where V is the volume for the reactor whereas V), is the vol-
ume of product tank for grade i. To simplify the analysis, all
costs associate with the equipment have been assigned the
same value. Following (12), W=0.1/year, Z = $1000,
Wp=0.1/year, and Zp = $1000.

Moreover, the variability cost can be calculated by modi-
fying (13) as follows

1
VC=Y "1, ((MaxCs, (1)~ Cy, ) +(Cyy ~MinCg, (1)))10/tiota
i=1

(29

where Cy is the product grade specification, Cg, () is the
value at time ¢ for the product concentration, while the pen-
alty for variability has been assigned the value of $10/(mol/
L) min.

The operating cost can be calculated as follows

1
0C=3 _1,(10(2))/tona (30)

i=1

where Q_L, is the steady-state value for heat duty at produc-
tion of each grade i, while 10 is the per unit cost of heat per
unit time.

Furthermore, the transition cost can be calculated from
(15) as follows, that is,

1
Tc:Z 10t;SSE; /tiotal 31

i=1

where SSE; is the sum of squared errors during the transition
period of the grade i as shown in (14). The penalty for waste
production has been assigned the value of $10/(m01/L)
min.

Following the developments above, the optimization for-
mulation has been solved for the CSTR system. The decision
variables to be evaluated include volume of the reactor and
steady-state  operating conditions for each grade
(k=[V,u1;,u2; ]), tuning parameters for the two PI control-
lers (A=[Kc,,Kc,,11,72]), slopes for transition of each
grade, that is, oy, 0, 03, and the optimal sequence of produc-
tion (s).

Scenario 1. This scenario has been developed to com-
pare the results obtained via the present simultaneous
approach and a semisequential approach. In the semisequen-
tial approach, the following procedure was considered: in the
first step, decision variables related to process design and
control (i.e., integration of design and control) are evaluated
first and then in the second step, the scheduling decision var-
iables are determined while the design and control variables
obtained in step 1 remain fixed in the calculations. The spec-
ifications and the demands of the required product grades
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Table 1. Grade Specifications, Demands, and Results for Scenario 1, Case Study CSTR

Grade Specifications and Demands

Grade Product Concentration (mol/L) Demand (L)

1 1.7023 3,000

2 1.830 3,000

3 1.950 3,000
Results

Decision Variables and Costs

Simultaneous Approach

Semisequential Approach

Design

V(L)

Control:

KCI,Kcz,Tl,‘L'Q
Scheduling:

s (sequence of grades)
o, 0, o3 (transition slopes)
Capital Cost ($/year)
Operating Cost ($/year)
Variability Cost ($/year)
Transition Cost ($/year)
Total Cost ($/year)

80.6828

—13.634, —0.002, 7.40, 8.77

87.416

—5.425, —0.0016, 2.235, 9.314

2-1-3 2-1-3
0.0872, —0.0803, 0.006 0.0131, —0.0281, 0.0011
15,716 18,844
1021 1699
132 319
153 382
17,021 21,244

considered for the problem addressed for this scenario are
reported in Table 1.

The methodology has been used to obtain results for the
CSTR system to integrate the scheduling, design, and control
aspects of the system. For each single function evaluation, val-
ues for the decision variables are selected by the optimization
algorithm. These decision variables are further used to calculate
for each grade i, steady-state operating conditions (uy;, 27, T;)
by solving the process model (f) at steady state. For each grade
i, the steady-state operating conditions are then used to identify
a linear closed-loop model of the system as shown in (4). The
resulting linear model is further used to identify the critical
frequency (w,,,) for each grade i for each process disturbance
(Tr, qr) as described by Egs. 2-9, which is used to specify the
process disturbances as shown in (2). The closed-loop process
model described by Eqgs. 19-25 is simulated for each critical
scenario for uncertainty in product demand. The results from
this simulation are then used to evaluate the process constraints
and cost function shown in (16). This procedure is repeated
until an optimization criterion is met.

(L
19 *
|
3
£ !
; d
(&)
----- Set Point
165
15 i A A d J
0 10 20 0 40 50 B0 70

Time (min)

b)

T (K)

The results obtained from the implementation of the two
approaches are reported in Table 1 (Results). The decision
variables obtained from each approach vary significantly
from each other and there is approximately 20% improve-
ment in the overall cost with the simultaneous approach as
compared to the semisequential approach. The maximum
improvement can be seen in the transition costs (~60%).
The volume of the reactor (V), which is a design decision
variable, is almost 8% less in the simultaneous approach
than that obtained in semisequential approach, while tuning
parameters for the two controller are also significantly differ-
ent, which indicates that different process performance may
be obtained from the two solution methods.

The slopes obtained for the transition between the grades
of the product are observed to be more aggressive in simul-
taneous approach as compared to semisequential approach,
which provide the basis for the improvement in the transition
cost. The transition and production of various grades are
depicted in Figure 5a. The variability in the concentration is
the result of process disturbances oscillating at critical

430

o

Figure 5. CSTR case study, scenario 1: (a) transition and production of product grades; (b) temperature profile.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Table 2. Demands and Probabilities of Scenarios, CSTR

Demands of Product

Demand Scenario Grades: 1, 2, 3 (L) Probability

1 3000, 3000, 3000 0.4

2 5000, 2000, 1000 0.3

3 2000, 5000, 1000 0.2

4 1000, 5000, 2000 0.1

Results

Decision Variables and Costs Values

Design:

V(L) 75.655

Control:

Ke,,Kc,,t1,12 —16.4633, —0.073,
3.6428, 10.0432

Scheduling:

s (sequence of grades) 2-1-3

oy, 0, o3 (transition slopes) 0.0507, —0.510, 0.00265

Total Cost ($/year) 17,206

frequency, which has a different value for each grade
obtained via frequency response analysis of linearized pro-
cess model at the different operating conditions specified by
d. Although the critical frequency in inlet flowrate and the
inlet temperature that produced the worst-case variability in
the reactor’s concentration turned out to be at a frequency
that is higher than normal frequency to that typically
observed for changes in concentration, the present analysis
was performed under the worst-case scenario assumption.
However, as described in Remarks section, the present meth-
odology can be easily adapted to perform this analysis at a
given (prespecified) frequency range for the disturbances that

Demand
nario 1 ,[
3
E
o "
o
----- Set Point
Time (min)
Demand
Scenario 3
(13 ‘lr“"mvﬁmﬁ
g 1 h{
3 |
Ex |
.
L FTY YRR T Y | Set Point
Time (min)

is known to occur frequently during normal operation or that
are particularly harmful for the process. The process con-
straint on temperature has been satisfied throughout the oper-
ation of the entire production cycle as shown in Figure 5b.
Thus, the results obtained via two approaches show that the
simultaneous methodology generates more economical solu-
tion as compared to the semisequential approach.

Scenario 2. This second scenario has been developed to
evaluate the capability of the methodology developed in this
study to handle uncertainty in the parameters. As shown in
the methodology’s formulation in (16), a multiscenario
approach has been used for this purpose; critical scenarios
have been created with a specific demand for each grade of
the product. Each scenario has been assigned the probability
of occurrence of the scenario. As shown in Table 2, four
demand scenarios have been created with first scenario with
uniform production demands, that is, 3000 L of each grade
having the highest probability of occurrence. The other three
scenarios consist of maximum and minimum of the demands
for each grade of the product.

The optimization formulation presented in (16) has been
modified for this scenario and the results obtained are also
shown in Table 2 (Results). As shown in this table, the opti-
mal volume of the reactor is 75.655 L, while the optimal
sequence of production is determined to be 2-1-3, which is
same as in Scenario 1, that is, without uncertainty in demands.
Figure 6 depicts the trends for transition and production of the
grades in four critical scenarios for uncertainty in demands,
where optimal smooth transitions between grades is the result
of optimal transition slopes computed by the optimization for-
mulation. This is achieved while maintaining the dynamic
operability of this process under their corresponding con-
straints (not shown here for brevity).

Demand
Scenaric 2
§ |
o .
E
&
---- Set Point
‘ Time 1mt;1)
Deman
Scenario 4
. i
I
: |
: . {
°
£ 4
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Figure 6. CSTR case study, scenario 2: transition and production of product grades under uncertainty in demands.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

AIChE Journal August 2015 Vol. 61, No. 8

Published on behalf of the AIChE

DOI 10.1002/aic 2465


http://wileyonlinelibrary.com

In terms of computational costs, the computational time
required to complete a single evaluation of the optimization
formulation for Scenario 1 was 40 s on average, while the
solution was obtained in 2.5 h. For Scenario 2, the single
evaluation of the optimization formulation required 60 s on
average, while the solution was obtained in 3 h.

Case study 2: HIPS polymerization reactor

The second case study has been developed with the goal
of demonstrating the capability of the methodology to be
applied to a large-scale problem with a high nonlinear
behavior. While several large-scale applications in process
scheduling have been reported in the literature,’”’* the
implementation of simultaneous design, scheduling, and con-
trol methodologies to large-scale chemical systems is lim-
ited. The present case study focusses on integration of
scheduling, design, and control aspects for the HIPS process
characterized by the parameters and the mathematical
model.?> The process is operated by the continuous stirred
tank reactor with highly nonlinear reaction mechanism. The
results are obtained for the critical uncertain scenarios devel-
oped for the varying product demands.

Mathematical Model. Initiator Concentration

dci _ ¢iC"—gmC;

—KqC; 32
7 % aGi (32)
Monomer Concentration

dcC Cin—C

—2= n(Cn—Cn) —KpCrn () +¢)) (33)

dt 1%
Butadiene Concentration

d n in __
dCy _ qm(Cy=C) —Co(KnCr+ Kot +Kppe)) (34)

dt 1%
Radicals Concentration
dC,

=R C 420 KuCim Gl CntKaCy) (39)

Branched radicals concentration

dCbr “fdm 0 0
= ——Cpr +Cp(KinCr +Kip (e, e
7 v cb b(Ki2 (& &) 36)
_Cbr(Ki3Cm+Kt(8?+88+Cbr))
Reactor temperature
dl’ _gm (T"—T) + AHK,Ci(e] +¢p)  UA(T—T;) a7
dt 14 pstCPS pstcpsv
Jacket Temperature
dT;  Gew i UA(T-T;
JZL(T}nij) + ( J) (38)
da V. ! PCpsVe
Zeroth moment live polymer
dg) —4 K, 2
= o+ > (&) +(KxCm+KpCo)ey  (39)

First moment live polymer

el —
Sh T g Kl +H(KnCatKnCo)e] (40)

Zeroth moment dead polymer
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d 0 _
% = ‘C/[m 8?+2K10C‘3;1+2K11Crcm+Cmes(8?+88)

—(KpCrm+ Ky (2460 +Chy) + C, Kis+CyKppy)e? + KpCrn

(41)
First moment dead polymer
At _ 2 1 (O K004 Cor) + C Ky + O
v &~ (KpyCm+Ki (&, +&,+Cor) wKis T CoKiv)
&+ KpCm(s?-i—s?)
(42)
Zeroth moment butadiene
ﬁ=_—qmso+2KHC C,— (KpCin+K((2+&0+Cpr)
dt \% b S~br~m P T b (43)
+ C, Kis+C K )eh + KpyCrmelh
Number molecular weight distribution
el
_p
W=t (4)
2H+el

where Cj, C,, Cy, Cy, Cyy, T, and Tj are the initiator concen-
tration, monomer concentration, butadiene concentration,
radicals concentration, branched radical concentration, reac-
tor temperature, and jacket temperature, respectively. The
live polymer moments are denoted by ég and ¢!, with first
being zeroth moment, while the latter is first moment. Simi-
larly, 3? and sr‘ are zeroth and first dead polymer moments,
while &) and & are zeroth and first butadiene moments.

The terms ¢;, q,,, and q_,, represent the initiator, monomer
and cooling water flow rates, respectively. V is the reactor
volume, V¢ is the jacket volume, while p is the density, C,, is
the specific heat, and AH, is the heat of reaction. Initiator effi-
ciency is denoted by e, M,, is the number molecular weight,
U is the global heat transfer coefficient, A is the heat transfer
area, K is the Arrhenius kinetic rate constant. The superscripts
d, p, 10, il, i2, i3, fs, fb, t on the reaction rates represent the
different free radical reactions steps. The superscript “in”
stands for feed stream conditions, while “cw” refers to cooling
water properties. The symbol “s” in the subscripts denotes sty-
rene properties. The parameters are listed in Table 3.

Control Scheme. Two PI controllers have been imple-
mented with the aim of controlling monomer conversion Xy,
and reactor temperature 7. The manipulated variables used
in order to control these variables are monomer flow rate g,
and cooling water flow rate g, respectively. K¢, and Kc,
represent the two controller gains, 7; and 1, are the time
integral time constants for the two controllers, that is, tuning
parameters (A=[K¢,,Kc,,71,12]). The errors e; and e, for
the two controllers at any time ¢ represent the difference
between the set-points (x}, T*) and the values at time 7, that
is, x,,, (1), T(1).

Following the descriptions provided for this process,”' the
following operational constraints have been applied to
impose limits on the temperature of the reactor and the num-
ber molecular weight distribution

330 < T(r) <420 (45)
500 < My, (1) < 3000 (46)
Process Disturbance. Following the disturbance descrip-

tion presented in (2), the disturbance considered for this pro-
cess, C1, is defined as follows
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Table 3. Case Study 2: HIPS Model Parameters

Parameter Description Value

7" Inlet temperature 294 K

C;‘: Inlet monomer concentration 8.63 mol/L

C%" Inlet initiator concentration 0.9814 mol/L

Cin Inlet butadiene concentration 1.0547 mol/L

Ve Jacket volume 2000 L

AH, Heat of reaction 69919.6 J/mol

Chps Monomer heat capacity 1647.265 J/kg.K

Cpsw Water heat capacity 4045.7048 J/kg K
Heat transfer coefiicient 80 J/(s.K.m?%)

Ao Pre-exp. factor 1.1 X 10° L*/(mol’.s)

Ail Pre-exp. factor 1 X 107 L/(mol.s)

A Pre-exp. factor 2 X 10° L/(mol.s)

Az Pre-exp. factor 1 X 107 L/(mol.s)

Aq Pre-exp. factor 9.1 X 10" 57!

Agg Pre-exp. factor 6.6 X 107 L/(mol.s)

Ap Pre-exp. factor 2.3 X 10° L/(mol.s)

A¢ Pre-exp. factor 1.7 X 10° L/(mol.s)

A, Pre-exp. factor 1 X 107 L/(mol.s)

Eio Activation energy 27340 cal/mol

E; Activation energy 7067 cal/mol

Ein Activation energy 7067 cal/mol

Ey Activation energy 7067 cal/mol

Eq4 Activation energy 29508 cal/mol

Eg Activation energy 14400 cal/mol

Egq, Activation energy 18000 cal/mol

E, Activation energy 843 K

E, Activation energy 7067 cal/mol

eg Efficiency factor 0.57

Ps Monomer density 0.915 kg/L

Pew Water density 1 kg/L

A Heat transfer area 19.5 m?

R Ideal Gas Constant 1.9858 cal/(mol. K)

Cin(1)=8.63+0.8sin (o, 1) (47)

For each grade i, the critical frequency (e, ;) that pro-
duces the largest variability in x,, and T is obtaified from the
frequency response analysis of linearized closed-loop process
model at the operating conditions specified by the optimiza-
tion formulation as part of decision variables (d) as
explained in the methodology section.

Cost Function. The capital cost of the HIPS system con-
sists of the costs associated with the volume of the reactor
and the volume of the tanks for product grades produced and
can be formulated as follows

1
CC=1200(0.1)V+ 1200(0.1)V; (48)

i=1

where V is the volume for the reactor, while V; is the vol-
ume of product tank for grade i. To simplify the analysis, all
the costs associated with equipment have been assigned the
same value. Following (12), W=0.1/year, Z = $1200,
Wp=0.1/year, and Zp = $1200.

Moreover, the variability cost can be calculated by modi-
fying (13) as follows

VC=Y 1, (Max(xm, (1) = x5, ) + (x5, = Min(xin, (1)))) 35/ foa

i=1

(49)

where, x; s the product grade specification, xp,(f) is the
value at time ¢ for the monomer conversion, while the pen-
alty for variability has been assigned the value of $35 per
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unit deviation in conversion set point per unit time. The
operating cost for this process can be calculated as follows

I
0C="1, (20(7ew;) +30(Gm))) /frta (50)
i=1

where g. and ¢, are the steady-state values for cold water
flow and monomer flow at production of each grade i, which
are weighted by the respective costs per unit, that is, $20/(L)
min and $30/(L) min.

Furthermore, the transition cost can be calculated from
(15) as follows, that is

1
TC= § 35t;SSE; /tiotar (51)
i=1

where SSE; is the sum of squared errors during transition
period of the grade i. The penalty for waste production has
been assigned the value of $35 per unit squared error in con-
version per unit time. The decision variables related to the
design, control, and scheduling aspects are evaluated for the
optimal solution. The volume of the reactor and inlet temper-
ature T (k=[V,T™"]) are the design decision variable, while
tuning parameters for the two PI controllers (A=[K¢,,Kc,,
11,72]) are the control decision variables to be evaluated.
The scheduling decision variables include slopes for transi-
tion of each grade, that is, oy, oy, o3, 04 and optimal sequence
of production, that is, s.

Following the developments described above, the optimiza-
tion formulation shown in (16) is solved with the specifications
of HIPS system described above. The specifications of four dif-
ferent grades are shown in Table 4 along with the information
related to the critical scenarios created for uncertainty in the
product demands. The results obtained for the integration of
scheduling, design, and control of the HIPS case study are
shown in Table 5. Figure 7a depicts the transition and produc-
tion of various grades under the critical realizations in the dis-
turbance (C™") for the production demand uncertainty scenario
that presented the maximum variability in the monomer con-
version. To validate the linear approximation used to generate
worst-case variability, a test has been performed where process
constraints have been evaluated for the range of frequencies.
The range includes minimum, maximum, and the critical fre-
quency obtained from the linear approximation proposed in this
work. For this range of frequencies, the profiles of number
average molecular weight for the uncertain demand scenario
that correspond to the maximum variability in the controlled
variable are shown in Figure 7b. It is clear from the figure that
the largest variability in this variable corresponds to the critical
frequency and constraints are not violated over a range of fre-
quencies. Thus, the linear approximation used in this work to
identify the worst-case variability in the controlled variables is
a practical and suitable approach to address the optimal design
of large-scale highly nonlinear systems such as that presented
in this case study.

The CPU time required for the second case study was
very high as compared to case study 1 because of the pres-
ence of nonlinearity and the size of the problem. Each single
function evaluation takes around 205 s, while it took approx-
imately 8 h to generate the solution for this case study. The
approach presented here assumes a fixed flow sheet of the
process as well as a fixed control scheme whereas the sched-
uling decisions (sequence of product grades) were made for
3-4 grades in the case studies. Moreover, the multiscenario

DOI 10.1002/aic 2467



Table 4. Case Study 2: Product Specifications and Demand
Scenarios, HIPS

Grade Monomer Conversion
1 0.25

2 0.30

3 0.35

4 0.40

Demands of Product

Scenario Grades: 1, 2, 3.4 (L) Probability
1 10,000, 10,000, 10,000, 10,000 0.4

2 15,000, 12,000, 7000, 5000 0.3

3 7000, 15,000, 5000, 12,000 0.2

4 5000, 12,000, 15,000, 7000 0.1

approach was used to handle uncertainty only in product
demands in the two case studies. All these factors keep the
computational efforts within reasonable limits. The applica-
tion of multiscenario approach to handle uncertainty
increases the computational time as more uncertain parame-
ters are added into the analysis. Similarly, adding more inte-
ger decision variables to account for structural decisions
related to process flow sheet and control structure selection
will further increase the methodology’s computational time.

The results from the case study demonstrate the capability of
the methodology to be applied to a large scale nonlinear problem
in the presence of process disturbances with oscillatory behavior
at critical frequency determined for production each grade,
while uncertainty has been addressed in product demands.

Conclusions

A methodology for integration of design, scheduling, and
control for the multiproduct processes has been presented.
The key novelty introduced by the present methodology is
that it explicitly addresses the scheduling, design, and con-
trol simultaneously while taking into account the influence
of process disturbances and uncertainty in the parameters,
which aims to represent the actual operation of these proc-
esses. The process disturbances are specified as sinusoidal
signals at critical frequency, which are determined via fre-
quency response analysis. The uncertainty in the parameter
has been addressed via multiscenario approach, where criti-
cal scenarios were created and probability of occurrence was
assigned for each of them. Another feature of study is in
terms of smooth transitions between different product grades.
Ramp functions have been used for the transition and the

Table 5. Case Study 2: HIPS Results

Decision Variables and Costs Optimal Values

Design:

V(L) 7174

™ (K) 387.74

Control:

Ke, Ke,, 71,12 —-1.732, —0.0183, 1132, 23
Scheduling:

s (sequence of grades) 2-3-4-1

oy, 0, 03, 04 (transition slopes) 0.0124, 0.0386, 0.0213, —0.0311
Capital Cost (M$/year) 5.256

Operating Cost (M$/year) 1.766

Variability Cost (M$/year) 0.193
Transition Cost (M$/year) 0.870
Total Cost (M$/year) 7.128
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Figure 7. HIPS case study: (a) transition and production
of grade for the scenario with maximum vari-
ability; (b) process constraints evaluated for
the range of frequencies.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

slopes of these ramps which determine the rate of transitions
were part of decision variables.

Two case studies were developed with first case study
focusing in the comparison of a semisequential approach to
the simultaneous methodology developed in this work for
the integration of scheduling, design, and control. The sec-
ond case study tests the capability of the methodology in the
application of larger nonlinear process. The results from this
case study show that the methodology developed in this
work is a practical approach that can integrate the schedul-
ing, design, and control aspects of the large multiproduct
processes.
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Notation

f = open-loop dynamic process model
g = controller equations
feosed = closed-loop process model (open-loop process model f and con-
trol scheme g)
process inputs
manipulated variables used by the controller
uncertain parameters
process disturbance
process output variables
process output variables that are in closed-loop (controlled
variables)
process output variables that are not in closed-loop
optimization variables

fce <=2
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k = design parameters and operating conditions
A = controller tuning parameters
o = transition slopes
s = production sequence
S = scheduling parameters (s and o)
= cost function
h = process constraints
i = index denoting product grade
= index denoting process disturbance
z = index denoting uncertainty scenarios
[ = index denoting controlled variable
P = probability associated with uncertainty scenario z
critical frequency of disturbance k affecting grades i
number of grades of products to be produced

x(t) = system’s states

c(t) = controllers’ states

AR = amplitude ratio

CSP = product specification for grade i
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